Introduction
Three-phase fluidized beds in which solid particles are fluidized by an upward cocurrent flow of gas and liquid are finding increased use in industrial processes. The principal application is for gas-liquid reactions in which catalyst is used to enhance the reactions. The
Fisher-Tropsch process, coal liquefaction, the hydrogenation of liquid petroleum fractions, the hydrogenation of unsaturated fats and slurry methanation of carbon monoxide are examples of such processes.
The gas-liquid mass transfer can be affected by the presence of solids and it was found to be liquid-phase controlled in many cases for three-phase fluidized beds.1} Therefore, the liquid-side mass transfer coefficient and the surface area are important parameters for the design of three-phase reactors. The mass transfer coefficient has been characterized as a function of liquid and gas velocities and particle size. It has been found that the volumetric mass transfer coefficient increases with the gas flow rate.18) However, the mass transfer coefficient mainly depends on the particle size17) since the particle size is known to differentiate the bubble coalescing and disintegrating flow regimes in three-phase fluidized beds.n) In addition, the bubble properties are known to be affected by the ionic strength and the surface Received March 5, 1986 . Correspondence concerning this article should be addressed toS. D. Kim. 524 tension of the solutions in the bubble columns.22) The objectives of this study are to provide data on the mass transfer coefficient and the surface area and to determine the effects of the liquid and gas velocities, the particle size and the ionic strength on the mass transfer coefficient and the surface area in twoand three-phase fluidized beds.
Experimental
Experiments were carried out in a 6.64cm-i.d. and stainless steel distributor box into which liquid was introduced through a 2.54-cm pipe from a liquid reservoir. Its flow rate was measured with a calibrated rotameter and regulated by means of globe valves on the feed and bypass lines. The gas was introduced through a pressure regulator, a filter and a rotameter.
It was admitted to the bed through three 6.0-mm perforated feed pipes drilled with 1 mmholes in the grid. This arrangement allows the gas and the liquid to enter the bed separately. The rate of absorption in a fast pseudo first-order reaction in the liquid phase can be given by4)
The rate of physical desorption of oxygen can be VOL 19 NO. 6 1986 given as RBa = kLBaA CBim (2) in which ACBm is the logarithmic mean value of the difference in oxygen concentration between the interface and the bulk of the liquid phase. Since the true mass transfer coefficient is proportional to the square root of the diffusivity,5) the desorption rate coefficient can be expressed aŝ lb^laV A*/^! (3) Substituting Eq. (3) into Eq. (2), we have the rate of desorption:
The inter facial area, a, can be determined from Eqs.
(l)- (4) as
where RAaand RBa are determined from experimental measurementand subscripts A and B refer to the absorption of CO2and the desorption of oxygen, respectively.
From Eq. (5), the true mass transfer coefficient, KL, can be derived in Eq. (6) with the assumption that the gas phase resistance is negligibly small.
For the physical absorption system, tap water as liquid phase and a mixture of 80% CO2 and 20% N2 as gas phase were employed. For the present chemical absorption system, 0. 125 mol// sodium carbonate/sodium bicarbonate solution with a buffer ratio of 1.0 containing NaCl solution in the range 0.5-2.5 mol// as the liquid phase was used in order to vary the ionic strength without changing the viscosity and the diffusivity appreciably, and 100% CO2 was employed as the gas phase. The ionic strength, /, has been defined as
where mi and Zt are the molality and ionic charge, respectively.
The viscosity and density were determined by using an Ostwald capillary viscometer and a hydrometer, respectively.
The diffusivities of CO2 and O2 gases in the ionic solution were determined by the Stokes-Einstein equation. To maintain constant solubilities of CO2 and O2 in the liquid, the liquid temperature was maintained at (20± 2)°C.
The properties of the liquids and diffusivities of gases are shown in Table 1 . 
Results and Discussion
In bubble columns and three-phase fluidized beds, the liquid-phase flow has been assumed as plug flow1'5'14'15) since the liquid mixing in three-phase fluidized beds was found to be insignificant in beds of large particle size (dp> 3mm)and column diameter less than 15 cm.6'10'13) These conditions were satisfied in the beds of4.0-and 6.0-mm glass beads. Also, it was reported that the liquid mixing in beds of 1.7-and 2.0-mm particles was small6 '10) and that the volumetric mass transfer coefficient with and without allowance for liquid mixing showed no significant error when the effect of liquid mixing was ignored.5) Thus, the volumetric mass transfer coefficients were calculated from Eq. (2) using the logarithmic mean value of the concentration difference in the liquid phase. The inter facial area, a, and the true mass transfer coefficient, kL, were -calculated from Eqs. (5) and (6), respectively.
Volumetric mass transfer coefficient and interfacial area
The experimental values of kLa in the bubble columns and three-phase fluidized beds of 1.7-mm, 4.0-mm and 6.0-mm glass beads as a function of gas and liquid velocity are shown in Fig. 2 . The superficial gas velocity of carbon dioxide was calculated as the arithmetic meanvelocity at the inlet and the outlet.
As can be seen in the figure, kLa in the bubble column increases with gas velocity.
However, the effect of liquid velocity on kLa was marginal. The present liquid velocity range did not affect bubble coalescence to any appreciable degree. But the mass transfer coefficient increased due to the presence of larger bubbles generated by increased coalescence with increasing gas velocity. Lamont and Scott13) suggested that the gas/liquid mass transfer rate is mainly controlled by the small-scale eddies in the turbulent field. The mass transfer resistance in the gas film of bubbles may be small since the diffusion coefficient is very large.7) Therefore, the mass transfer coefficient may increase with the increase in gas-liquid contact by turbulence.
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The three-phase fluidized bed may be composed of three different functional regions, namely the fluidized, wake, and gas bubble regions.
2) The wake region may contain a turbulent liquid movement which mayproduce microscale eddies since the rising bubbles are trailed by turbulent wakes which cocurrently form and separate during their rise in the bed.
The solid content in the wake is found to be far smaller than that in the fluidized region,2) whereas the fluidized region contains solid particles and liquid. The volume fraction of the fluidized region, e/; has been determined. 8) The obtained values of sf are shown in Table 2 . The amount of bubble-driven turbulent liquid in the wake region and the gas bubble region increased with gas velocity, consequently resulting in the increase of gas/liquid inter facial area and volumetric mass transfer coefficient in threephase fluidized beds.
The volumetric mass transfer coefficients in the beds of 4.0-and 6.0-mm glass beads exhibit higher values than those in the bubble columns (Fig. 2) .
However, a reverse trend was observed in the bed of 1.7-mm glass beads. Also, the gas/liquid inter facial area in the bed of 1.7-mm particles was smaller than that in bubble columns (Fig. 2 ).
The effect of particle size on kLa and a can be seen in Fig. 3 , in which the results of previous studies5 '14) are also included.
In three-phase fluidized beds, it is known that the smaller particles (^<2.5 mm) provide bubble coalescence while the larger particles (dp>2.5 mm)disintegrate bubbles.11* Therefore, gas-phase holdup in the bed of 1.7-mm glass beads is comparatively smaller than that in bubble columns. This may imply that kLa and a in the bed of 1.7-mm particles are smaller than the values in bubble columns. In contrast, in the beds of larger particles, both kLa and a increased with particle size due to an increase in bubble breaking12'1^and a consequent increase in the gas-phase holdup in the bed.
The effect of liquid velocity on kLa and a was relatively small compared to the effects of gas velocity and particle size, as previously reported. 9'19) However, kLa and a exhibit maximumvalues with the variation of liquid velocity in the beds of 4.0-and 6.0-mmparticles as shown in Fig. 4 . The same trend has been reported previously, as shown in Fig. 4 Thus, the minor effect of the liquid velocity on kLa and a may be due to a slight variation in the gas-phase holdup with the liquid velocity. In contrast, in the bed cence may be a result of the repulsive forces generated by the electrically charged liquid surface around the bubbles. However, this inhibition effect may be less effective in the beds of larger particles since the larger bubbles have an inertia force which may predominate the repulsive force between the bubbles in the bed. It is known that bubbles larger than 2.5mm exhibit a free surface motion while smaller bubbles behave as rigid spheres.3) Therefore, in the beds of larger bub- Dhanuka & Stepanek (5) bles (dp= 1.7mm), kLa and a increased only slightly with ionic strength compared to that in the beds of smaller bubbles {dp=A.O and 6.0mm), as shown in 
Liquid-side mass transfer coefficient
The effect of gas velocity on the liquid-side mass transfer coefficient, kL, is shown in Fig. 6 as a function of liquid velocity and particle size. The value ofkL in the bed of 1.7-mm glass beads increased slightly with gas velocity as in the previous studies.5'17) Increasing gas velocity resulted in bubble coalescence and this led to an increase in kL due to the free motion of the gas-liquid interface of larger bubbles.5) However, in the beds of 4.0-and 6.0-mm particles, kL was nearly independent of gas and liquid velocities (Figs. 6B and   6C ).
The ideal mean bubble diameter can be calculated from a knowledge of the gas-phase holdup and the gas-liquid inter facial area as d= 6^- eddies with high energy may be responsible for the increase in the surface renewal rate in gas-liquid contact and the consequent increase in kL based on the following Eq. (9):
where D and S are the molecular diffusivity and the surface renewal rate, respectively. The net surface renewal rate may not change appreciably with the variation of gas and liquid velocities (Fig. 6 ). The increase in gas and liquid velocities enhances the velocity of liquid element. However, it reduces the residence time and the frequency of the eddies in the bed since the drag force on the eddies increases and the solid holdup decreases with the gas and liquid velocities. In the beds of 1.7-mm particles, the hindrance effect of solid particles may be small.8) Therefore, kL increased slightly with increasing gas and liquid velocities (Fig.  6A ).
The effect of ionic strength, /, on kL is shown in Fig.  7 . As can be seen, kL decreased with /. However, in the beds of 1.7-mm particles, kL decreased slightly with increase in /. This decrease ofkL may come from the inhibition of bubble coalescence from the ionic solutions. In the beds of 1.7-mm particles, the inhibition effect of/on bubble coalescence was found to be small as a result of the inertial force of larger bubbles. Thus, the variation of kL with ionic strength of the liquid phase was small.
Correlations of data
The kLa, a and kL data of the present and previous where the units of Ug and Ut, dp, kLa and a are cm/s, (db<1mm) which behave as rigid spheres, kLa is proportional to Sc2 '3 13) Since kL is strongly influenced by the velocity of liquid elements and eddies, kL can be represented by kL = {ScY(Repy (12) where Sc and Rep are Schmidt and particle Reynolds numbers, respectively. The particle Reynolds number has been related to the energy dissipation rate in the beds based on Kolmogoroff's local isotropic turbulence theory.20'21}
The energy dissipation rate of the liquid phase can be calculated from a knowledge of individual phase holdups, fluid properties and fluid velocities as E =(ui+ug)(£gPg+£iPi+£sPs)g (13) Since gas-liquid contact occurs through dispersed bubbles in three-phase fluidized beds, the particle Reynolds number can be replaced by the Reynolds number based on the mean bubble diameter as Mb D = a(Sc)m(Reb)n (14) where m and n are correlation constants which can be determined from the present experimental data in bubble columns and three-phase fluidized beds of 6-mmparticles.
For bubble column:
Correlation coefficient = 0.86 For three-phase fluidized bed of 6.0-mm particles:
Correlation coefficient = 0.87 C onclusions Volumetric mass transfer coefficient, kLa, and inter facial area, a, increased with increasing gas velocity, particle size and ionic strength of the liquid in three-phase fluidized beds, whereas the values of kLa and a exhibit a maximumvalue with increasing liquid velocity.
However, in general, the effect of liquid velocity on kLa and a was small. In bubble columns, kLa and a were smaller than in three-phase fluidized beds of 4.0-and 6.0-mm particles. However, a reverse trend was observed in beds of 1.7-mm particles. The liquid-side mass transfer coefficient was correlated in terms of Sherwood number with Schmidt and modified Reynolds numbers based on the isotropic turbulence theory.
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